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bstract

This work presents hydrodynamic and mass transfer performances of a new gas–liquid reactor, named CoReC. Compared to conventional
as–liquid contactors with a gas continuous phase like packed towers (PT), the CoReC presents the advantage to be a small sized device. Experiments
ere carried out to quantify pressure drop �P, volumetric interfacial area a, and liquid side mass transfer coefficients (kLa and kL) for superficial
as and liquid velocities varying from 5.6 to 28 m s−1 and 0.016 to 0.055 m s−1, respectively. Different flow configurations (vertical upward (VU),
ertical downward (VD) and horizontal (H)) were tested. The results were compared to a previous study lead on Lightnin SM. Pressure drop �P
nside the CoReC, ranging from 500 up to 20,000 Pa m−1, was found lower than the one generated by classical SM. Volumetric interfacial area a
nd mass transfer coefficient kLa, respectively reaching values of 2800 m2 m−3 and 0.22 s−1, were found higher than those encountered in SM, and

ar better than those measured in PT. Moreover, it has been shown that the flow configuration is an important parameter to take into account. VD
onfiguration appeared to be the most economically acceptable with advantageous interfacial areas, high mass transfer coefficients and the lowest
ressure drops if compared to VU and H configurations.

2007 Elsevier B.V. All rights reserved.
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. Introduction

The purification of gaseous wastes containing volatile organic
ompounds (VOCs) presents special difficulties because of the
arge gas volumes and the low pollutant concentrations to be
reated. During the last decades, many processes have been
esigned in order to clean these kinds of polluted atmospheres.
mong them, absorption processes allow the transfer of a pol-

utant from the gas phase to a liquid phase, with or without
ny chemical reaction. The goal of these gas–liquid devices
s to transfer VOCs from large gas volumes with low concen-
rations of pollutants, to small liquid volumes. A wide range
f absorption apparatuses is available on the market: stirred

anks, bubble columns, packed-bed columns, plate-columns,
tatic or dynamic mixers. The choice of the best absorption
rocess is difficult, taking into account the important num-

∗ Corresponding author at: CNRS UMR 6226 – ENSCR, Avenue du Général
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er of variables that have to be considered in a scrubber
esign.

PT are encountered in most of industries and remain one of
he most effective and economic process for gas–liquid absorp-
ion processes. Nevertheless, better and better performances are
equired, in smaller and smaller cost effective units. This per-
anent demand leads researchers to look for better-designed

nd higher efficient processes. Many of them have focused their
ttention on improving the packing inside the columns, aiming
t increasing mass transfer capacities, and decreasing pressure
rops. In the last decades, structured packings [1–4,34,35] and
tatic mixers [5–14,31] have gained increased attention because
f their properties: high bed void fraction resulting in low pres-
ure drops with excellent gas–liquid contact and distribution
30].

First versions of structured packings were fabricated from
etal gauze with specific surface area up to 500 m2 m−3. Nowa-
ays, structured packings are mostly made of corrugated sheet
etals (typically 45◦ with respect to the horizontal) with spe-

ific surface area of about 250 m2 m−3, metal sheet packings
ith various surface areas and larger corrugation angle (60◦),

mailto:sanchezcelia@yahoo.fr
dx.doi.org/10.1016/j.cej.2006.12.004
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Nomenclature

a volumetric interfacial area (L−1)
C concentration in the liquid phase, in the bulk

(N L−3)
C* concentration at the gas–liquid interface (N L−3)
COH

− NaOH liquid concentration (N L−3)
D(A)L diffusivity of the product A in the liquid used

(L2 T−1)
Di internal diameter of the pipe (L)
E enhancement factor
f friction factor
G mass gas flow rate per surface unit (M L−2 T−1)
H Henry constant (M L2 N−1 T−2)
Ha Hatta number
I ionic strength (N L−3)
k2 kinetic constant of the reaction between CO2 and

NaOH 1N (L3 N−1 T−1)
kL liquid side mass transfer coefficient (L T−1)
kLa volumetric liquid side mass transfer coefficient

(T−1)
kGa volumetric gas side mass transfer coefficient

(Pa L3 T N−1)
L mass liquid flow rate per surface unit (M L−2 T−1)
N flux of product A transferred (N T−1)
�P Pressure drop (M L−1 T−2)
Q flow rate (L3 T−1)
US superficial velocity (L T−1)
Vr reaction volume (L3)
yin molar fraction of CO2 in the reactor inlet
yout molar fraction of CO2 in the reactor outlet
Zi ion valence

Symbols
ρ density (M L−3)
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0.055 m s , respectively. Temperature is constant and equal to
20 ◦C. Fluids circulate in co-current flow in the tube. Some liq-
uid and gas samples are picked up (outlet for the liquid phase,
inlet and outlet for the gas phase) and analysed.

Table 1
Geometric characteristics of the CoReC

Height (m) 0.32
φCO2 CO2 absorption rate (L−3 T−1 N)

mbossed plates stacked in layers forming open channels, etc.
hey have been shown to satisfy the growing needs for better
fficiency and greater capacity. As an example, when the liquid
s the continuous phase, Al Taweel et al. [15] obtained kLa equal
o 0.44 s−1 in a screen-type static mixer. In the same type of SM,
hen [32] reached interfacial areas of 2200 m2 m−3. The major
rawback in the use of structured packings is their high price
er unit volume, which leads to a higher investment cost than
or random PT. Therefore, in order to make the process compet-
tive, an accurate design of columns equipped with structured
ackings is very important for minimising the investment and
perating costs.

Most of the studies found in the literature focus on counter-
urrent flow applications. But, when absorbed species react in

he liquid phase under a fast irreversible chemical reaction, the
o-current flow configuration allows high flexibility [16] and a
ain of space, avoiding flooding in the same time. Consequently,
he objective of this work was to develop an efficient, low invest-
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ent and operating cost gas–liquid contactor, able to generate
igh interfacial areas and good mass transfer coefficients with-
ut creating high pressure drop. In this study, pressure drop
energy consumption) and mass transfer parameters (efficiency)
ere characterised in the CoReC. Different configurations were

ested, depending on the flow direction (VD, VU and H). Pres-
ure drop �P and mass transfer parameters (a, kLa, kL, kGa)
ave been measured and correlated to the superficial gas and
iquid velocities.

. Experimental study

.1. Experimental set-up

A schematic diagram of the experimental set-up is shown
n Fig. 1. The CoReC consists of a transparent PVC pipe of
.32 m length and 0.025 m inner diameter, through which flow
atterns as well as the type of dispersion can be observed. The
ontactor is a new wire mesh packing structure which geomet-
ic characteristics are given in Table 1. The overall geometric
nterfacial area takes the surface offered by the packing itself
nd by the column wall (which cannot be neglected in a small
iameter column) into account. The volume of the contactor is
alculated from the length and the inner diameter of the PVC
ube.

Whatever the configuration, the gas used in these experi-
ents was over-pressured air, injected upstream of the CoReC.
he gas flow rates ranged from 10 to 50 m3 h−1 (superficial gas
elocities from 5.6 to 28 m s−1). The flow rate is controlled with
rotameter. The pressure drop within the reactor is measured
ith a manometer. Suitable compounds (CO2 for the volumetric

nterfacial area and kGa measurements, 2-butanone for the kLa
easurement) are introduced with an automatic syringe distrib-

tor in the inlet air flow. The liquid phase is injected into the
eactor using a centrifugal pump, which distributes it at the inlet
f the pipe, such that it circulates in the same direction as the
as flow. The liquid flow rates, measured owing to a flow meter,
anged between 0.0275 and 0.0975 m3 h−1 (superficial liquid
elocities between 0.016 and 0.055 m s−1).

.2. Experimental methodology

Experiments were performed for superficial gas and liq-
id velocities ranging from 5 to 28 m s−1 and from 0.016 to

−1
nternal diameter (m) 0.025
oid fraction (%) 97.5
eometric surface ag (m2 m−3) 170
olume (m3) 0.000058
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If we assume that CO2 molar flux is much less than OH− molar
flux, the global balance ΦCO2 is determined by the following

Table 2
Rate constant of the reaction between CO2 and NaOH, viscosity of NaOH and
CO2, and diffusivity coefficient in NaOH for NaOH concentration varying from
0.25 to 1 mol L−1

[NaOH] (mol L−1)

0.25 0.375 0.5 0.75 1
Fig. 1. Scheme of the experimental set-

.2.1. Pressure drop �P
Pressure drop �P is measured with two manometers: the first

ne is filled with water (for the low pressure drop values) and
he second one is filled with mercury (for the high pressure drop
alues). They are connected just before and after the CoReC
nd the pressure drop is measured for the different liquid and
as flow rates mentioned previously.

.2.2. Volumetric interfacial area a
The chemical method used to measure the volumetric inter-

acial area has been developed by Danckwerts [33], particularly
o study mass transfer in random PT. It is based on the measure-

ent of the absorption rate of a gaseous component, which is
bsorbed and reacts in the liquid phase. As the reaction kinetics
nd thermodynamic properties are well established, it is possi-
le to deduce the mass transfer characteristics. In the present
tudy, the NaOH–CO2 system (gas composed of carbon dioxide
CO2) and liquid aqueous solution of NaOH of different con-
entrations) has been chosen, mainly because the corresponding
eaction kinetics and thermodynamic data can easily be found
n the literature.

Within the CoReC, hydroxide ions OH− are consumed by
he absorbed CO2 according to the mechanism described by the
ollowing equations:

O2(G) ↔ CO2(L) (1)

O2(L) + OH− ↔ HCO3
− (2)

CO3
− + OH− ↔ CO3

2− + H2O (3)

q. (1) corresponds to the CO2 gas–liquid equilibrium, Eq. (2)
he reaction to consider for kinetics since reaction (3) has a much
igher rate constant than reaction (2) [17]. In the second reaction,
he dependence of the second-order reaction rate constant, k, on
he ionic strength I and the temperature T, was studied by Laurent

18]:

og k = 13.4 − 2350

T
+ 0.133I (4)

k
μ

D

vertical downward flow configuration.

ith I =
∑

i

1

2
CiZ

2
i (5)

i is the concentration of ions in the solution and Zi is their
alence.

The rate constant was calculated at 20 ◦C, its values are sum-
arised in Table 2. In the present case, hydroxide ions are in

arge excess and the reaction is fast (Hatta number Ha reaches
alues up to 50); thus it can be assumed that:

(i) all the absorbed CO2 is transformed into CO3
2−;

(ii) the ratio between the CO2 partial pressure PCO2 and the
Henry’s constant, H, is much larger than the CO2 concen-
tration in the liquid phase;

iii) the thermodynamic equilibrium is reached at the interface;
iv) the reaction is of pseudo first-order.

n this case, the specific absorption flux per liquid volume unit
CO2 is given by the following equation:

PCO2

ΦCO2
= 1

kGa
+ H

HakLa
= 1

a

[
1

kG
+ H

(
√

DCO2k2COH− )

]

(6)
(L mol−1 s−1) 6600 7013 7444 8357 9339

NaOH (103 Pa s) 1.03 1.06 1.09 1.15 1.22

(CO2/NaOH)

(109 m2 s−1)
1.83 1.74 1.70 1.61 1.53
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the empty pipe is lower than the one in the CoReC, which is far
lower than the one of Lightnin SM [21]. It seems obvious that
the more important the void fraction is, the lower the pressure
drop is.
2 C. Sanchez et al. / Chemical En

quation:

CO2 = QG(Yout − Yin)

Vr
(7)

in and Yout are, respectively, the CO2 molar fraction at the inlet
nd outlet. Vr is the reaction volume and QG is the molar gas
ow rate.

As stated by Wilke and Chang [19], the diffusivity coefficient
f CO2 in NaOH solutions DCO2/NaOH can be calculated from
he diffusivity coefficient of CO2 in water [17]:

(CO2/water)μwater = D(CO2/NaOH)μNaOH (8)

(CO2/water) = 1.73 × 10−9 m2 s−1 [20]. NaOH viscosity was
easured with a Brookfield LVDV-II + CP viscometer and

llowed us to calculate the diffusivity coefficient for the dif-
erent NaOH concentrations studied (Table 2). Considering Eq.
6), if the effective interfacial area, and the gas side mass
ransfer coefficient are constant along the column, it is possi-
le from the slope of the best linear fit of PCO2/ΦCO2 versus
H/(

√
DCO2k2COH− )], to determine the effective interfacial

rea and from the intercept to deduce kGa.

.2.3. Volumetric liquid side mass transfer coefficient kLa
Volumetric mass transfer coefficient kLa was measured

hanks to the implementation of a physical transfer of gaseous
-butanone in an aqueous phase (water, which pH is adjusted
o 7 with NaOH). 2-Butanone has been chosen because of its
mall solubility (Henry’s constant H = 6.7 × 10−2 atm L mol−1

t 25 ◦C). 2-Butanone was injected as a liquid in the gas flow
ith a syringe distributor, vaporised in it in order to reach a

oncentration of about 50 mg m−3 in the gas phase. In this case,
he mass transfer resistance is located in the liquid film, and the
-butanone liquid concentration at the inlet is zero; then the vol-
metric mass transfer coefficient can be written as follows (Eq.
9)):

kLa

= N

EV (C∗
AL,e − (C∗

AL,s − CAL,s))/ln C∗
AL,e/(C∗

AL,s − CAL,s)

(9)

ith N is the flux of 2-butanone transferred, V the liquid volume
n the contactor, CAL,s the concentration of 2-butanone in the
iquid phase at the outlet, C∗

AL,e and C∗
AL,s the concentration of

-butanone at the gas–liquid interface (inlet: e and outlet: s),
the 2-butanone, and E is the enhancement factor (equal to 1
hen there is no reaction in the liquid phase).
The liquid side mass transfer coefficient kL was deduced from

he values of kLa and a.

.3. Analyses
.3.1. Gas phase analyses
CO2 concentrations in the gas phase (inlet and outlet)

ere measured with an IR analyser type Beryl 100 from
OSMA. 2-Butanone concentrations in the gas phase (inlet

F
f

ring Journal 131 (2007) 49–58

nd outlet) were indirectly measured after trapping it in a
,4-dinitrophenylhydrazine (2,4-DNPH) solution. Indeed, the
rapping yields for 2-butanone exceed 99%. This method con-
ists of the reaction between 2-butanone and 2,4-DNPH, giving
n hydrazone which is then analysed by HPLC (C18, mobile
hase composed of 80% methanol and 20% water, UV detection
or a wavelength of 365 nm).

.3.2. Liquid phase analyses
The method used to measure the liquid 2-butanone concen-

ration is again based on the reaction of the 2-butanone with the
,4-DNPH. The quantity of carbon dioxide transferred in the
iquid phase is deduced from the measure of carbonates in the
olution (Norm AFNOR NF T 90-036, July 1977).

As concerns the pH and the temperature, continuous mea-
urements were made with specific probes.

. Results and discussion

.1. Pressure drop

Pressure drop is one of the most important design criteri-
ns for a contactor. It allows the quantification of the dissipated
ower and is also a decisive factor for the estimation of the effi-
iency of the contactor. It depends on the liquid and gas flow
ates, type of fluid [14,45] and internal geometry.

.1.1. Pressure drop in horizontal and vertical downward
ow

Figs. 2 and 3 show a comparison of pressure drop generated
y three types of contactor (empty pipe, Lightnin SM and the
oReC) placed in the horizontal and the vertical downward flow
ositions. As it can be seen, the configuration does not seems
o have any influence on pressure drop values in these reac-
ors. Meanwhile, pressure drop in horizontal flow is slightly
reater certainly because, in this configuration, gravitational
ffects make more difficult the establishment of a dispersed
pray, whereas in vertical downward flow, gravity force plays
positive role. Comparing the three contactors, pressure drop in
ig. 2. Evolution of pressure drop �P vs. superficial gas and liquid velocities
or the CoReC, the empty pipe and the Lightnin SM in VD flow configuration.
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Table 3
Pressure drop correlation parameters, �P = AUα

SLU
β

SG

A α β Fitting (%)

Horizontal 58 0.26 2 6
Vertical downward 44 0.23 2 5

Vertical upward
USG < 20 m s−1 1480 0.25 0.9

10USG > 20 m s−1 57 0.33 2

Table 4
Comparison of the pressure drops obtained in the different contactors for
3 < USG < 15 m s−1 and 0.01 < USL < 0.06 m s−1

Pressure drop, �P/L (Pa m−1)
Empty pipe 400–4000
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ig. 3. Evolution of pressure drop �P vs. superficial gas and liquid velocities
or the CoReC, the empty pipe and the Lightnin SM in H flow configuration.

.1.2. Pressure drop in vertical upward flow
In vertical upward flow, the flow behaviour is different of

he one in the other two configurations. As shown in Fig. 4,
or USG < 20 m s−1, the liquid prevents the gas circulation from
he bottom to the top of the contactor by forming a thick
ayer. The liquid has to overcome the gravity force to flow out,
hich leads to pressure drops greater than the ones obtained

n the other configurations. For higher superficial gas veloci-
ies (USG > 20 m s−1), pressure drop follows the same behaviour
s in the other two configurations. The liquid is dispersed into
mall drops which are driven by the gas flow, and a thin layer
an be observed along the pipe wall. In the empty pipe, the same
ehaviour is observed. At the opposite of the behaviour encoun-
ered in experiments lead with Lightnin SM [21], which have a
lain structure, the liquid flows up the pipe in the CoReC, even
or small gas velocities,.

.1.3. Pressure drop correlation
The experimental results show that pressure drop depends not

nly on the superficial gas velocity but also on the superficial
iquid velocity. To take the influence of both velocities on the
ressure drop into account, the correlation (10) is proposed:

P = AUα
SLU

β
SG (10)
, α and β are the parameters to be identified for each configu-
ation (see Table 3).

Table 3 shows that the coefficient A is different for each con-
guration, this is mostly due to the gravity force that does not

ig. 4. Evolution of pressure drop �P vs. superficial gas and liquid velocities
or the CoReC, the empty pipe and the Lightnin SM in VU flow configuration.
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Lightnin SM 1000–12,000
Sulzer SMV4 10,000–50,000
CoReC 500–5000

lay exactly the same role in each flow configuration (positive
ffect in VD flow, negative effect in VU flow, stratification effect
n H flow). Nevertheless, values are close except for the VU flow
onfiguration when USG < 20 m s−1. α is slightly different and
is the same for the three configurations except for the vertical

pward at superficial gas velocities lower than 20 m s−1. The
alues of the exponent α are very small compared to β. This
ndicates that the gas velocity has a more important effect than
he liquid velocity on pressure drop. These results can be com-
ared to the literature where, in two-phase flow, in SM used with
liquid continuous phase, the exponent relative to USL is greater

han the one relative to USG [22]. So, it can be deduced that the
ehaviour of the CoReC, referring to the respective influences
f the superficial fluid velocities, is reversed when the operating
onditions are reversed.

.1.4. Comparison with conventional static mixers
In Figs. 2–4 are also represented the evolution of pressure

rop �P versus superficial gas and liquid velocities for Light-
in SM in the three configurations (H, VD and VU). Whatever
he flow direction, the pressure drops observed in the different
ontactors are of the same order, and summarised in Table 4.
he values obtained in the CoReC are largely lower than those
enerated by Lightnin and Sulzer SMV4 SM which can reach
0,000 Pa/m in the same range of superficial gas and liquid

elocities, and are logically higher than those observed in the
mpty pipe. Table 5 presents the values of the parameters of the
orrelation and the fitting between the experimental pressure
rops measured for the different contactors (CoReC, Lightnin,

able 5
omparison of the pressure drop correlation parameters in vertical downward
ow for the different contactors

A α β Fitting (%)

oReC (5 < USG < 30 m s−1) 58 0.26 2 6
ightnin SM (2 < USG < 15 m s−1) 573 0.52 1.6 5
ulzer SMV4 (5 < USG < 12 m s−1) 6185 0.30 1.68 10
mpty pipe (5 < USG < 30 m s−1) 21 0.54 2.02 7
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circulating upward by forming a thick layer. The liquid has to
overcome the gravity force to flow out, so that agitation in the
pipe is higher and, as a result interfacial areas are higher than in
the other configurations (about 1200 m2 m−3 against 150–600 in
4 C. Sanchez et al. / Chemical En

ulzer SMV4 and empty pipe) in VD flow and the correlation
ssociated. The parameter A, which takes into account various
arameters as friction, gravity or inertia forces, is greater in
ulzer (6185) and Lightnin SM (573) and logically lower in the
mpty pipe (21) than in the CoReC (58). α and β slightly differ
n the four reactors; β in the CoReC is equal to β in the empty
ipe. These results can be explained by the “aerated” structure
f the CoReC (high void fraction), which offers less resistance
o the fluid flows than the other SM.

.1.5. Friction factor
The friction factor f is an important parameter since its knowl-

dge enables to evaluate the pressure drop generated by the
ontactor. In one phase flow (gas only), pressure drop can be
orrelated by a power law type equation (11):

P = αU
β
G (11)

he friction factor f is deduced from Darcy equation (12):

= �PLρGU
β
SG

2Di
(12)

is the contactor length and ρG the gas density and Di is the
ipe internal diameter.

By identifying the experimental pressure drops in one phase
ow to those calculated with Darcy equation, the friction fac-

or can easily be calculated. The values found for the different
ontactors are reported in Table 6. In the CoReC, the friction
actor decreases with the superficial gas velocity to tend toward
plateau value of 0.16. It can be considered as constant in fully

urbulent flow. This value is greater than the one obtained in an
mpty pipe but lower than the values obtained for Lightnin and
ulzer SMV4 SM.

In 1982, Pahl and Muschelknautz [41] have also shown that
M generate a pressure drop strongly dependent on the geometry
f the mixing elements. The greater the space left for the fluid
ow is, the lower the pressure drop is. This hypothesis is fulfilled

n our experiments as regard to the structures of Sulzer SMV4
M (78% void fraction) composed of embossed plates stacked

n layers and Lightnin SM (87% void fraction) composed helical
lements whereas the void fraction in the CoReC is 97.5%.

.2. Volumetric interfacial area
Gas–liquid interfacial area a (m2 m−3 of reactor) is an impor-
ant parameter for the design of gas–liquid reactors in which
ispersion occurs because it influences volumetric mass transfer
oefficients kLa and kGa.

able 6
omparison of the friction factors obtained in the different contactors for
< USG < 15 m s−1 and 0.01 < USL < 0.06 m s−1

riction factor
Empty pipe 0.02
Lightnin SM 0.30
Sulzer SMV4 1.85
CoReC 0.16 F

v

ig. 5. Evolution of volumetric interfacial area a vs. superficial gas and liquid
elocities for the CoReC in VD flow configuration.

Note. The determination of the interfacial area and the gas
ide mass transfer parameters needs some hypotheses to be ful-
lled: first, the rapid reaction regime criteria which is given
y the condition Ha > 5 [23], secondly, the pseudo-first-order
eaction criteria which is given by the condition Ha < Ei/2
24]. During our experiments, we have satisfied the conditions
equired for the determination of the interfacial area with the
O2/NaOH system. We have verified that the chemical reaction
sed is fast (Ha number is always greater that 25) and irre-
ersible of the pseudo-first order (Ha/Ei is always lower than
.01).

.2.1. Interfacial area in horizontal and vertical downward
ow

Figs. 5 and 6 show a comparison of interfacial areas in the
oReC in H and VD flow configurations. VD configuration

eads to volumetric interfacial areas higher than H configura-
ion (600–2700 m2 m−3 against 150–1900 m2 m−3). This can
e explained the gravity force which plays a positive role in VD
onfiguration whereas it constitutes a brake to the liquid flow in

configuration.

.2.2. Interfacial area in vertical upward flow
In vertical upward flow, the behaviour is different than

n the two others configurations. As shown in Fig. 7, for
SG < 20 m s−1, the liquid phase prevents the gas phase from
ig. 6. Evolution of volumetric interfacial area a vs. superficial gas and liquid
elocities for the CoReC in H flow configuration.
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Table 8
Comparison of the volumetric interfacial area a obtained in the CoReC and
conventional gas–liquid contactors (USG < 15 m s−1 and USL < 0.06 m s−1)

Type of gas–liquid contactor a (m2 m−3 of reactor)

Packed towers 10–350
Spray towers 10–100
Structured packing [28] 10–410
High velocity spray columns [39] 50–200
Empty pipe 50–700
Lightnin SM 100–1000
S
C

o
e
l
r
s

p
a
a
a
o
a
[
t
t
i
t
p
t
r
r

3

accepted for co-current downward trickle flow in random-
packed columns [27]. Fig. 8 shows an example of graph, which
must be used to determine kGa. As it can be observed, the inter-
cept is negative which does not allow us to quantify kGa. This
ig. 7. Evolution of volumetric interfacial area a vs. superficial gas and liquid
elocities for the CoReC in VU flow configuration.

and VD configurations, respectively). For higher superficial
as velocities, interfacial areas tends to have the same behaviour
s in the other two other configurations, the liquid is dispersed in
mall droplets which create a high exchange surface. Maximal
alues are lower than those obtained in VD configuration.

.2.3. Volumetric interfacial area correlation
Experimental results show that the interfacial area depends

ot only on the superficial gas velocity but also on the superfi-
ial liquid velocity. To take the influence of the liquid and gas
uperficial velocities on the interfacial area into account, the
orrelation (13) is proposed:

= AUα
SLU

β
SG (13)

, α and β are the parameters to be identified for each configu-
ation.

The different parameters relative to the configuration and the
tting between experimental data and correlation are given in
able 7. As expected, the values of α are smaller than the ones
f β. This indicates that the gas velocity has a more important
ffect than the liquid velocity on volumetric interfacial area. Oth-
rwise, it can be noticed that the more the coefficient A increases,
he more the exponents α and β decrease. Evolution of the coef-
cient A can be related to the hydrodynamic behaviour of the
eactor: A increases with turbulence and drop formation. More-
ver, the α to β ratio increases from the H configuration to the
onfiguration VD, and from the VD configuration to the VU
onfiguration, reflecting the increasing influence of the liquid.

.2.4. Comparison with conventional contactors
As shown in Table 8, the values obtained in the CoReC
re largely higher than those encountered in the classical pro-
esses in which the gas is the continuous phase (like PT or
pray columns). Moreover, they can be three times higher than
hose generated by Lightnin SM [21], and far greater than those

able 7
olumetric interfacial area correlation parameters, a = AUα

SLU
β

SG

A α β Fitting (%)

orizontal 113 0.55 1.32 10
ertical downward 622 0.33 0.72 6
ertical upward 4560 0.28 0.53 6

F

U

ulzer SMV4 1200–3700
oReC 100–2700

btained in the empty pipe. This can be explained by the high
nergy dissipation inside the CoReC. Nevertheless, they are
ower than those encountered in Sulzer SMV4 SM, which can
each about 3700 m2 m−3 in the same range of gas and liquid
uperficial velocities.

In counter-current conditions, in conventional dumped
acked columns, geometric interfacial area generally equals
bout 100–300 m2 m−3 (involving low L/G operating ratios,
bout 1–3), and the effective wet interfacial area is rarely as high
s the geometric value. This is not the case of structured packing
perating in counter-current flows, where geometric interfacial
reas can reach values ranging from 250 up to 750 m2 m−3

25,26]. In 2004, Raynal et al. used a high geometric area struc-
ured packing (410 m2 m−3) in co-current flows and found that
he effective wet interfacial area can reach the geometric value
f the liquid velocity is sufficient. They concluded that in order
o take advantage of the high geometric area given by structured
ackings, a minimum of L/G ratio is required (greater than 20 in
heir case). This value is high in comparison with the common
ange for the absorption applications, and especially with the
atios implemented in this study.

.3. Gas side volumetric mass transfer coefficient kGa

The hypothesis of no gas-side resistance is commonly
ig. 8. PCO2 /ΦCO2 vs. [H/(
√

DCO2 k2COH− )] plot for USG=20 m s−1 and

SL=0.039 m s−1 in VD flow configuration.
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Table 9
Volumetric mass transfer coefficient correlation parameters, kLa = AUα

SLU
β

SG

A α β Fitting (%)
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ig. 9. Evolution of volumetric mass transfer coefficient kLa vs. superficial gas
nd liquid velocities for the CoReC in the H flow configuration.

s due to the accuracy of this method. It seems that the intercept
s much less than the measured values of PCO2/ΦCO2 . Never-
heless, it can be asserted that the intercept is not of the same
rder of magnitude as PCO2/ΦCO2 , or in other words that mass
ransfer is not limiting by the gas side, and that the gas resistance
an be neglected.

.4. Liquid side volumetric mass transfer coefficient kLa

Few experimental data on mass transfer coefficients in SM
r structured packings are available in the literature in compar-
son with those for other gas–liquid reactors (bubble columns,
tirred vessels). In the VU configuration, the method used for
he determination of kLa has shown its limit in the saturation
f the liquid solution by 2-butanone. This inconvenient makes
he quantification of 2-butanone absorbed in the liquid phase
mpossible. Consequently, only the results on VD and H config-
rations are described as a function of superficial liquid and gas
elocities in Figs. 9 and 10. As it can be seen, kLa increases with
ncreasing liquid and gas velocities, like volumetric interfacial
rea.

VD configuration leads to better kLa coefficients than H con-
guration. Promising values, up to 0.20 s−1, have been measured
hatever the flow configuration is. As a comparison, kLa found

n PT varies between 2.5 × 10−3 s−1 and 0.035 s−1 [27].
.4.1. kLa correlations
Experimental results show that kLa depends not only on the

uperficial gas velocity but also on the superficial liquid velocity.
o take the influence of the liquid and gas superficial velocities

ig. 10. Evolution of volumetric mass transfer coefficient kLa vs. superficial gas
nd liquid velocities for the CoReC in the VD flow configuration.

b
a

k

T
C
c

T

P
B
V
E
L
S
C

orizontal (USG < 24 m s−1) 0.02 0.51 1.15 15
ertical downward (USG < 22 m s−1) 0.01 0.93 1.83 6

n the kLa into account, the correlation (14) was proposed:

La = AUα
SLU

β
SG (14)

, α and β are the parameters to be identified for each configu-
ation.

The parameters relative to the different configurations and
he fitting between experimental data and correlation are given
n Table 9. Again, the values of the exponent α are smaller than
he ones of β, testifying of the more important effect of the
as velocity on kLa. Moreover, it can be observed that, if A is
reater in the H configuration than in the VD configuration, the
xponents α and β are smaller in this flow configuration.

.4.2. Comparison with conventional contactors
As shown in Table 10, the values obtained in the CoReC are

uch higher than those met in classical PT in which the gas is
he continuous phase, and can be twice higher than those gen-
rated by Lightnin SM (15 × 10−2 against 7 × 10−2 s−1 in the
ame operating conditions). Nevertheless, they are lower than
hose encountered in Sulzer SMV4 SM, which can reach about
0 × 10−2 s−1 in the same range of superficial gas and liquid
elocities. As a comparison, kLa found in random PT varies
etween 0.01 and 0.06 s−1 [27]. kLa found in structured PT are
xpected to be higher depending on the geometric character-
stics of the packing elements. As an example, Raynal et al.
28] found kLa values ranging from 0.15 s−1 up to 0.25 s−1 with
heir packing made of smooth stainless sheets, but at high L/G
atios.

.5. Prediction of the film mass transfer coefficient kL

The values of the liquid-side mass transfer coefficient kL can
een estimated from the values of kLa and specific interfacial

rea a, with Eq. (15):

L = kLa

a
(15)

able 10
omparison of the kLa obtained in the CoReC and conventional gas–liquid
ontactors (USG < 15 m s−1 and USL < 0.06 m s−1)

ype of gas–liquid contactor kLa (s−1)

acked towers 4 × 10−4 to 7 × 10−2

ubble columns 5 × 10−3 to 20 × 10−2

enturis 8 × 10−2 to 25 × 10−2

mpty pipe 5 × 10−4 to 5 × 10−2

ightnin SM 3 × 10−2 to 7 × 10−2

ulzer SMV4 2 × 10−2 to 20 × 10−2

oReC 7 × 10−3 to 15 × 10−2
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alues between 5 × 10−6 m s−1 and 8 × 10−5 m s−1 were
btained for the different flow configurations. kL increases with
he superficial gas velocity but slightly depends on the superficial
iquid velocity. The comparison of these values to the ones obtain
n classical packed towers (5 × 10−5 < kL (m s−1) < 5 × 10−4)
hows that kL measured in the CoReC is about 10 times lower.
his result can be explained by the rigidity of the drop wrapping.
urface renewal and rigid body models show that the more rigid
particle wrapping is, the smaller the kL value is.

. Conclusion

The aim of this study was to characterise the hydrodynam-
cs and the mass transfer in a new type of gas–liquid contactor,
he CoReC, in different flow configurations (VD, H and VU).
ressure drop, volumetric interfacial area and mass transfer
oefficients kLa and kGa were measured for the three flow con-
gurations, at superficial gas velocities ranging from 5.6 to
8 m s−1 and superficial liquid velocities varying from 0.016
o 0.055 m s−1. The influences of both liquid and gas veloc-
ties were demonstrated. It has been shown that, for a given
iquid velocity, pressure drop, interfacial area and liquid-side
olumetric mass transfer coefficient increase with an increas-
ng superficial gas velocity. Nevertheless, the superficial liquid
elocity has little influence on these parameters. As regards
ll the results, the CoReC seems to be the best energy con-
umption/transfer efficiency compromise, in comparison with
lassical SM and classical structured PT.

At last, the flow configuration is an important parameter to
ake into account. The position VU configuration proved to be
ery efficient but constraining in terms of energy costs and run-
ing conditions. At low fluid velocities, the H configuration leads
o flow stratification, which is not appropriate for mass transfer.
he VD configuration seems to be the most convenient because

t is easy to use, provides low pressure drops and good mass
ransfer coefficients.

As a conclusion, the CoReC appears to be a new low invest-
ent and operating cost alternative to conventional contactors

or the treatment of large gas volumes with low concentrations
f pollutants. Compared with PT, which can provide the same
ange of values, the operating conditions in the CoReC are far
ess drastic and the dimensions of the apparatuses are far smaller
han those used in traditional processes.
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ciale des colonnes à plateaux. PhD thesis. Institut National Polytechnique
de Toulouse, France.

25] P.A. Nawroski, Z.P. Xu, K.T. Chuang, Mass transfer in structured corru-
gated packing, Can. J. Chem. Eng. 69 (1991) 1336–1343.

26] M. Dragan, A. Friedl, M. Harasek, S. Dragan, I. Simiseanu, Measuring the
effective mass transfer area of a Mellapack 750Y structured packing, in:
Proceedings of the 14th International Congress of Chemical and Process
Engineering, CHISA, 27–31 August, 2000, p. 2000.

27] J.-C. Charpentier, Mass transfer rates in gas liquid absorbers and reactors,
in: T.B. Drew, G.R. Cokelet, J.W. Hoopes, T. Vermeulen (Eds.), Advances
in Chemical Engineering, vol. 11, Academic Press, New York, 1981, pp.
1133–1134.

28] L. Raynal, J.-P. Ballaguet, C. Barrere-Tricca, Determination of mass trans-
fer characteristics of co-current two-phase flow within structured packing,
Chem. Eng. Sci. 59 (2004) 5395–5402.

30] E. Brunazzi, A. Paglianti, S. Pintus, A capacitance probe and a new model
to identify and predict the capacity of columns equipped with structured
packings, Ind. Eng. Chem. Res. 40 (2001) 1205–1212.
31] O.N. Cavatorta, U. Bohm, A.M. Chiappori de del Giorgio, Fluid-dynamic
and mass-transfer behavior of static mixers and regular packing, AIChE J.
45 (5) (1999) 938–948.

32] C. Chen, 1995. Dispersion and coalescence in static mixers. PhD thesis.
Technical University of Nova Scotia, Canada.



5 ginee

[

[

[

[

Lyon, France.
8 C. Sanchez et al. / Chemical En

33] P.V. Danckwerts, Gas–Liquid Reactions, McGraw-Hill Editions, New
York, 1970.

34] V.J. Dang, M.-H. Manero, M. Roustan, Absorption of volatile organic com-

pounds in a tower packed with a structured packing. I. Hydrodynamic study,
Entropie 34 (209) (1998) 3–10.

35] V.J. Dang, M.-H. Manero, M. Roustan, Absorption of volatile organic com-
pounds in a tower packed with a structured packing. II. Mass transfer,
Entropie 34 (209) (1998) 11–17.

[

[

ring Journal 131 (2007) 49–58

39] F.K. Kies, 2002. Traitement des effluents gazeux sous hautes vitesses de
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